The flux performance of different hydrophobic microporous flat sheet commercial membranes made of poly tetrafluoroethylene (PTFE) and poly propylene (PP) was tested for Red Sea water desalination using the direct contact membrane distillation (DCMD) process, under bench scale (high ΔT) and large scale module (low ΔT) operating conditions. Membranes were characterized for their surface morphology, water contact angle, thickness, porosity, pore size and pore size distribution. The DCMD process performance was optimized using a locally designed and fabricated module aiming to maximize the flux at different levels of operating parameters, mainly feed water and coolant inlet temperatures at different temperature difference across the membrane (ΔT). Water vapor flux of 88.8 kg/m 2 h was obtained using a PTFE membrane at high ΔT (60 °C). In addition, the flux performance was compared to the first generation of a new locally synthesized and fabricated membrane made of a different class of polymer under the same conditions. A total salt rejection of 99.99% and boron rejection of 99.41% were achieved under the extreme operating conditions. On the other hand, a detailed water characterization revealed that low molecular weight non-ionic molecules (ppb level) were transported with the water vapor molecules through the membrane structure. The membrane which provided the highest flux was then tested under large scale module operating conditions. The average flux of the latter study (low ΔT) was found to be eight times lower than that of the bench scale (high ΔT) operating conditions.
Introduction and background
In a time when the world demand for clean water cannot always be met by the available conventional energy sources, such as oil and gas, technologies which use renewable energy or waste heat for water desalination will fill an important niche. In arid regions like those of the Arabian Gulf Cooperation Council (GCC), the situation is the worst since the demand for fresh water is almost completely met by thermal-based distillation processes using fossil fuel as their main energy driver [1] . Membrane Distillation (MD) is considered as one of the technologies that is emerging as an attractive alternative desalination process. Details on the MD process have been widely reviewed [2] [3] [4] [5] [6] . It holds the potential of being an efficient and cost effective separation process that can utilize low-grade waste heat or renewable energy such as geothermal [7] [8] [9] or solar [10] [11] [12] [13] [14] energies, which are widely available in the region.
Compared to other conventional desalination processes such as Reverse Osmosis (RO), Multi
Stage Flash (MSF) and Multi Effect Distillation (MED), MD has several unique advantages, which could make it the preferred technology in some niche applications. These include:
-MD can produce high water quality and is theoretically a total barrier for ions, macromolecules, colloids, cells, and other non-volatiles [15] .
-It is suitable for remote locations (off grid) using renewable energy as it can operate at various loads [8] [9] [10] [11] [12] [13] [14] , contrary to the conventional processes which require stable operation to maintain efficiency [16] .
-It can operate at atmospheric pressure, as opposed to the high pressure required for RO process. Thus, no mechanical support is required.
-MD is not limited by either flooding at high rate [3] , unloading at low rate, or by the foaming experienced in the MSF process. Furthermore, it is not highly affected by high feed water salinity which makes it a suitable process to treat desalination brines, especially thermal brines [17, 18] .
MD is a thermally driven process that utilizes a hydrophobic, micro porous membrane as a contactor to achieve separation by liquid-vapor equilibrium. The feed solution, after being heated, is brought into contact with the membrane which allows only the vapor to go through the dry pores so that it condenses on the permeate side. This vapor is driven across the membrane by the difference in the partial water vapor pressure (ΔP) maintained at the two sides of the 3 membrane. Four different MD configurations have been proposed [14] . The main difference in these configurations consists of the type of the condensing (cold side) design. Direct contact membrane distillation (DCMD) is the most studied configuration at the bench-scale. ΔP is induced by the trans-membrane temperature difference (ΔT) established by maintaining a direct contact of an aqueous solution, colder than the feed solution, at the permeate side of the membrane. At the hot liquid/vapor interface, the volatile molecules evaporate and pass through the membrane and are condensed at the cold vapor/liquid interface.
Commercial membranes have been significantly improved since the development of the MD process and are now used in several recent pilot plant studies [10, 12, [19] [20] [21] [22] [23] . The important characteristics required for a good MD membrane such as excellent chemical resistance, good thermal stability, high liquid entry pressure (LEP), low thermal conductivity, high porosity, high hydrophobicity, and narrow pore size distribution have been reported extensively [3, [24] [25] [26] [27] [28] [29] [30] [31] [32] [33] [34] [35] [36] .
However, there are still some issues that have not yet been clearly addressed, such as: -Is the current reported MD flux limited by the membrane or by the process parameters and module design, or the low thermal efficiency of the system? -Are the available commercial membranes good enough for scaling-up the MD process and,
if not, what are the necessary improvements? In seawater desalination application, the reported bench-scale MD fluxes are quite high. However, most of these bench-scale studies do not reflect the reality of larger scale modules as they are mostly tested under high ΔT with relatively high flow rates (temperature drop from each side of the membrane is not significant due to small membrane surface area), while the situation in large scale modules is completely different as the feed and coolant inlet temperatures decrease significantly throughout the module (temperature drop in each side of the membrane). In large scale modules, even at high feed and coolant inlet temperatures, ΔT across the membrane is small, hence lower flux is expected. A more realistic scenario of large scale module operating conditions is described and discussed in Section 3.3.
The main potential challenges toward scaling-up the MD process; reduce the conductive losses in order to maintain the flux stability over time and minimize temperature polarization and avoid pore wetting; have been reported in detail [3, 37] .
Khayet [3] and Alkhudhiri et al., [2] tabulated information on most of the commercial membranes used in MD studies. Most of the references identified in these studies used distilled 4 water and NaCl solution as feed (synthetic seawater) in their experimental tests. Such feeds might not provide an accurate indication of the capability of the commercial membranes to desalinate seawater. However there are few reported works using real seawater as feed for MD [38] [39] [40] [41] , but the obtained flux performances were very low compared to synthetic seawater.
In this work, we partially answer the question on the expected satisfactory flux in MD systems by subjecting different PTFE and PP commercial membranes to real Red Sea water and compare their performance with the first generation of a new locally synthesized and prepared membrane made of fluorinated polytriazole [36] . The DCMD process was carried out using a locally fabricated module for different operating parameters, mainly feed and coolant inlet temperatures, in order to address some of the issues constraining MD scale-up. This study also includes a detailed feed and product water analysis and membrane characterization using advanced analytical equipment.
Material and methods

MD membranes
Different hydrophobic microporous PTFE and PP commercial membranes supplied by different manufacturers as well as a locally synthesized and fabricated fluorinated polytriazole membrane, made for MD application, were tested for desalting real Red Sea water using the DCMD process. Detailed commercial membrane characterization is presented in Section 3.
Description of the characteristics and performance evaluation of the locally fabricated membrane tested for DCMD has been analyzed in detail and reported in previous work [36] .
Surface morphology of membranes
Membranes were characterized for their surface morphology by using Scanning Electron Microscopy (SEM). Membrane samples were sputter coated using a Sputter Coater (EMITECH K575 X, UK) machine to coat a thin gold layer to make the film surface conductive. The surface morphology of all the membranes before and after the MD process was studied under field emission scanning electron microscopy (FE-SEM; Quanta 200 FEG System: FEI Co., USA).
Energy Dispersive X-ray Spectrometry (EDX) analysis of the components found on the 5 membrane surface after the DCMD process was also carried out using EDAX AMETEK precision instruments, UK.
Feed water and MD product characterization and analysis
Red Sea water collected from the SWRO commercial plant at the King Abdullah University of Science and Technology (KAUST) intake pipe (before pretreatment) [42] was used as feed for all DCMD experiments. Seawater was filtered through a 10 µm filter in the lab to remove large suspended solids and used as MD feed without any additional pretreatment. Feed water and MD product characterization/analysis were performed using LC-OCD/OND (Liquid Chromatography with organic Carbon/Nitrogen detection) and ICP-MS (Inductively Coupled Plasma-Mass Spectroscopy).
Bubble point, pore size pore size distribution and gas permeability of membranes
A porometer (IB-FT Gm bH Porolux 1000, Germany) was used to determine the Mean Flow Pore size (MFP), First Bubble Point (FBP) and pore size distribution, by the wet-up/dry-up method with the analysis done using an Automated Capillary Flow Porometer system software.
A 20 mm diameter sized membrane sample was mounted on the sample chamber of the porosimeter. The sample was fully wetted with Porefil (fluorinated hydrocarbon with surface tension 16 dynes cm -1 ) and the chamber was sealed. Pure nitrogen was then allowed to flow into the chamber gradually. When the increased nitrogen pressure reached a point that overcame the capillary flow of the fluid within the largest pore, the bubble point was found. After determining the bubble point, the pressure was increased continuously and the nitrogen permeation rate was measured until all pores were empty of Porefil, and the sample was considered dry. Nitrogen pressure and permeation flow rates through the dry sample were also recorded. Based on the nitrogen flow rates through the wet and dry membranes, the pore size distribution was calculated.
Gas permeability through the membranes was measured using the same set-up and procedure without wetting the membranes and by using nitrogen gas. Based on the gas flow rate through the membrane at constant pressure, the system calculates the mass transfer coefficient of each membrane.
Membrane thickness, porosity, and water contact angle 6
Membrane thickness was measured using a digital micrometer, DML 3032 from Digital Micrometers LTD, UK which has an accuracy of 0.005 mm. The porosity of a membrane indicates the void fraction of the membrane (defined as the volume of the pores divided by the total volume of the membrane). Higher porosity membranes have a larger evaporation surface area contributing to a higher permeate flux and lower heat loss through conduction [3, 37, 43] .
Porosity (ε) of the membranes was calculated as per the method illustrated by Palacio et al [44] . The membrane samples were cut into a known surface area and weighed accurately (w 1 ) and the samples were impregnated in isopropyl alcohol and sonicated for 15 minutes to eliminate any trapped air in the membrane pores and kept overnight so that all the empty voids are assumed to be filled with the wetting liquid. Afterwards the fully impregnated membrane samples were removed from the isopropanol and, after excess liquid from the surface of the membranes was wiped, again weighed (w 2 ). Pore volume (Vp) can be calculated by the ratio of the difference in the weight (w 2 -w 1 ) to the density of the wetting liquid (ρ liq ) and the porosity (ε)
can be calculated by the ratio of the pore volume to the total geometric volume (V t ) of the membrane sample. Porosity values are presented in Table 2 .
where the membrane volume
For flat sheet membrane samples with a surface area S and with a thickness δ, V t is given by:
An average of three samples from each membrane was measured and reported. All the membranes investigated in this study had uniform morphology across the active layer by assuming the fact that all the membranes have been fabricated by uniform stretching.
The hydrophobic nature of membranes was measured using a goniometer (Attension, KSV instruments T 301, Finland) at room temperature (25 o C). An average of five measurements at different locations of the membrane was taken as the water contact angle. In order to enhance the hydrodynamics and assure a uniform flow distribution inside the module and avoid flow channels, the feed solution enters the module made of poly methyl methacrylate material through feed holes along the width of the module enabling a complete distribution of water on the membrane surface and increasing the flow velocity to enhance the turbulence inside the module and to reduce the temperature polarization effect (feed side). All membranes were cut into a desired size to fit into the DCMD module and subjected to MD testing at different operating conditions using the lab scale MD setup. Red Sea water was preheated to desired temperatures and circulated through one side of the membrane, whereas the de-ionized (DI) water was circulated through the other side of the membrane simultaneously in a counter-current mode. Feed and permeate temperatures were controlled using a heater and chiller (thermo-regulators), respectively. Feed water concentration was kept constant by adding pure water to the feed tank in order to compensate the amount of distillate produced. Fresh seawater was used for each experiment. Permeate was measured using weight scale. The increase of the permeate tank weight was continuously monitored and recorded in the computer using LabView software. Pressure, temperature and flow rates before and after the module were continuously monitored on both feed and permeate sides. Salt concentrations of both permeate and feed solutions were continuously measured and monitored in the computer using conductivity meters (Oakton Eutech Instruments, Malaysia). The salt rejection (SR) and water vapor flux (J v ) were determined using the following equations:
Experimental set-up and procedure
where C p and C f are the salt concentrations of permeate and feed solutions, respectively. m w is the weight of collected permeate, A is the effective membrane area and t represents the time interval.
The influence of feed water temperature ranging from a 40 °C to 80 °C on water experiments. Each experiment was conducted for four hours. In bench-scale experiments, the time to reach steady state depends more on the control system, mainly heating and cooling, rather than thermal stability within the small module which is achieved very fast. In our experiments, the steady state was quickly achieved by keeping the heater and cooler continuously running (in closed loops) even during membrane replacement. Figure 2 shows the SEM images of various new hydrophobic microporous membranes used in this study. Detailed characterization of the locally fabricated polyazole membrane is reported in previous work [36] . clearly shows that the active layer is very thin compared to the support layer. This information could be useful to reduce the mass transfer resistance and to increase the heat transfer resistance during the DCMD process.
Results and discussion
New membranes characterization and analysis
The pore size distribution of the different membranes is shown in Figure 3 . The thickness, mean flow pore size (MFP), first bubble point (FBP), porosity and contact angle of the different membranes are also given in Table 2 .
The PTFE ( Mass transfer coefficients calculated for each membrane based on the gas permeability test are presented in High hydrophobicity is another important characteristic of the membrane which leads to the minimum contact of water droplets with the membrane surface. An average of five water contact angle measurements of each membrane used in this study has been tabulated in Table 2 . The PTFE (M1) membrane has a water contact angle of 140°, whereas the other two membranes showed comparatively high values of contact angle close to 160°. These values indicate that the membranes are highly hydrophobic.
Influence of feed and permeate temperatures on water vapor flux
DCMD performance of various membranes with different characteristics, mainly materials, thickness, contact angle and pore size, was tested by varying the feed inlet temperature at constant permeate (coolant) inlet temperature, and vice versa, by maintaining constant flow rate Both membranes showed similar flux patterns, mainly an increase in water vapor flux with an increase in feed inlet temperature at constant feed and permeate velocities. Since both membranes have similar characteristics such as average pore size, smallest pore size, FBP and contact angle, as described in Table 2 respectively. This can be attributed to the difference in the pore size, thickness and porosity between the membranes ( Table 2 ). The pore size of the PTFE (M3) membrane was calculated to be twice the value of the PTFE (M1) membrane and the thickness of PTFE (M1) membrane was measured to be 70% higher than that of the PTFE (M3) membrane, which could cause the enhancement of mass transfer. On the other hand, the PTFE (M3) membrane gave higher flux than that of PP (M2) membrane probably due to lower membrane thickness than the PP (M2) The fluxes obtained by commercial membranes were compared to the performance of a hydrophobic membrane made of fluorinated polytriazole synthesized in the laboratory and fabricated by an electrospinning method with an average fiber diameter of 100 nm and pore size higher than 1 m (Table 2 ) [36] . Under the same conditions, PP (M2) and PTFE (M1) commercial membranes gave a water vapor flux 12% and 27% lower than that obtained by the high performance locally fabricated electrospun membrane, respectively, as shown in Figure 5 ,
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but the latter had a lower salt rejection (99.95%) than the commercial membranes (99.99%). This is most probably due to the higher pore size of the electrospun membrane. On the other hand, the PTFE (M3) membrane showed a water vapor flux 4 % higher than the electrospun membrane.
The best commercial membrane providing the highest flux (PTFE M3) was tested using DI water in both feed and permeate sides. Results confirmed that feed water salinity does not significantly affect the MD flux as the latter decreased by only 5% when the DI feed water was replaced by real Red seawater having a salt concentration of 40.8 g/L (Fig. 5 and Table 3 ). Similar results have been reported by Adham et al. [17] where no significant decrease in flux was observed while varying the feed salt concentration from 1 g/L to 100 g/L. In the MD process, the concentration polarization effect on flux is much less significant than the temperature polarization. These results are in agreement with the investigation on the effect of temperature and concentration polarization in MD carried out by Khayet (2011) [3] , Edwie and Chung [37] , and Martinez-Diez and Vazquez-Gonzalez (1999) [48] .
Scale-up issues
The data obtained in bench scale operating conditions study does not reflect reality for larger inlet to outlet reaching a 50% drop/increase depending on the module length and flow rates of both streams (flow rates are varied to meet the mass and energy balances of the system), which is not the case, for example, in RO process where the pressure-drop (trans-membrane pressure is the driving force) does not exceed 1 % in a pressure vessel of 6 elements (1 element has a length of 1 m and a membrane surface area of 36 m 2 ), which maintain the applied pressure (driving force) sufficiently higher than the osmotic pressure in the last element.
14 The most realistic scenario in a large scale MD module is presented in Figure 6 , which is in agreement with several air gap membrane distillation (AGMD) pilot test studies and new single stage and multi stage module designs with heat recovery systems [10, 12, 14, 20, 22, 23] . In the case of DCMD, despite the higher flux the efficiency is lower as the thermal efficiency decreases with increasing ΔT due to the high heat input required and low heat recovery [13] as well as the thermal conduction (from feed to permeate sides) and the latent heat of water evaporation [50, 51] . As shown in Figure 6 
MD permeate analysis
The conductivity of permeate was monitored continuously during the process and 99.99%
salt rejection was observed in all cases (taking into account the dilution effect). This infers that only water vapor passed through the membrane to the permeate side and no pore wetting was observed. This behavior can be attributed to the high hydrophobicity as well as the required pore size of each membrane.
A detailed feed and permeate water quality analysis was performed using advanced equipment in order to investigate the capability of the MD process in removing organic matter and volatile compounds as well as the important ions/molecules in seawater desalination application such as boron concentration in the permeate [52] . Table 3 indicated traces of lower molecular weight neutral molecules (300 ppb) were found in the permeate (transported with the water vapor molecules through the membrane structure). As a comparison with other thermal processes, the concentrations of lower molecular weight compounds are much lower in MSF product due to higher operating temperature and vacuum system in the MSF evaporators [56] . 
Membrane characterization after the DCMD process
EDX spectroscopic analysis of the deposited material on the membrane surface is shown in Figure 7 . It reveals that different forms of scales were present on the membrane surface mainly, calcium carbonate, barium sulfate and magnesium hydroxide, which are commonly observed in seawater desalination operation [54, [56] [57] [58] [59] . This result suggests that detailed investigation of pretreatment in the MD process is required especially for raw seawater at high temperature.
Some research results have already been reported on scaling issues in the MD process [60, 61] .
Adham et al., [18] compared the performance of the MD process for raw seawater (Gulf) and MSF brine. They found a steady water vapor flux production while using the MSF brine whereas, a flux decline over time was observed while using raw seawater as a feed solution, which emphasizes the need of pretreatment for a better MD performance. The main reason of this result is that the MSF brine is already pretreated, mainly injection of acid and antiscalant for scaling control and deaeration and venting systems for non-condensable gases removal [53] , although its salt concentration is higher than that of raw seawater. Our investigation showed that the water vapor flux declined slightly (4.5%) in the first hour and then stabilized at the steady state for the remaining operational time (Figure 8 ). It was found that scaling occurred at the inlet surface of the membrane which is common in thermal processes due to high feed water temperature, contrary to RO systems where scaling occurs in the last element due to higher concentration polarization [53, 54] . 
Conclusions
In this study, we have explored different membranes to investigate the performance of the DCMD process for desalting real Red Sea water under bench scale module operating conditions 
